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Economic modelling

Numerical modelling of redox flow battery (RFB) systems allows the technical and commercial perfor-
mance of different designs to be predicted without costly lab, pilot and full-scale testing. A numerical
model of a redox flow battery was used in conjunction with a simple cost model incorporating capital and
operating costs to predict the technical and commercial performance of a 120 MWh/15 MW utility-scale
polysulphide-bromine (PSB) storage plant for arbitrage applications. Based on 2006 prices, the system
was predicted to make a net loss of 0.45pkWh~! at an optimum current density of 500 Am~2 and an
energy efficiency of 64%. The system was predicted to become economic for arbitrage (assuming no fur-
ther costs were incurred) if the rate constants of both electrolytes could be increased to 10-> ms~", for
example by using a suitable (low cost) electrocatalyst. The economic viability was found to be strongly
sensitive to the costs of the electrochemical cells and the electrical energy price differential.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

The demand for utility-scale energy storage is growing due to
an increasing need for load-levelling. This need is driven by the
power quality requirements for the digital economy, the decom-
missioning of old power plant and management of the output
from renewable energy technologies (in particular wind power).
The annual lost productivity in the US due to electricity out-
ages and disruptions of all types was estimated to be about $119
billion in 2001 [1]. It has been estimated that there is a poten-
tial market for electricity storage of at least 10-15GW p.a. based
on the displacement of new capacity alone [2]. Redox flow bat-
teries (RFBs) have been investigated for many years as chemical
stores of electrical energy [3,4]. Theses systems are considered
to be suitable for utility-scale energy storage, ideal for long-term
load-shifting and for combinations of functions including spin-
ning reserve, regulation control and power quality [1]. Redox
couples currently under development for use in RFBs include
polysulphide-bromine (PSB) [5-8], vanadium-vanadium [9,10],
vanadium-polyhalide [11], cerium-zinc [12-14] and lead-lead [4].

Numerical modelling of redox flow battery systems for energy
storage applications allows the technical and commercial perfor-
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mance of different designs to be predicted without costly lab,
pilot and full-scale testing. RFB systems modelled to date include
iron-chromium [15] and zinc-ferricyanide [16]. The PSB couple has
been considered here for utility-scale arbitrage applications, which
has been thought capable of achieving sales of approximately 5 GW
p.a. at prices of £500 kW1 [2]. A model of the bromide half-couple
found that several reaction mechanisms could account for observed
behaviour [17] and a review of zinc-bromide models reported rec-
ommendations for improving cell design [18].

In this study, the model developed in part 1 [19] is used to
provide data on the technical performance of a 15 MW, 120 MWh
utility-scale PSB RFB system. This is combined with a simple eco-
nomic model including the main capital and operating costs to
optimise the design and evaluate its commercial viability. The aim
of the modelling was to determine the sensitivity of the economic
performance of the system to fundamental parameters such as the
electrochemical rate constants.

2. Technical model and design parameters

There are a large number of operating conditions which in
practice will require optimisation. Key parameters include current
density, electrolyte flow rate, operating temperature [20] and the
concentration of the active species. The performance can be signif-
icantly affected by design parameters such as the inter-electrode
gap, electrode materials and the solvent (e.g. organic electrolytes
for a larger potential window [21]). In this study the electrolyte sys-
tem and cell design is based on the Regenesys PSB electrolyte with
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Nomenclature

a annual inflation rate (%)

A electrode area (m? cell-1)

Ac cross-sectional area of the flow channel (m?2)

C cost (£)

Ceap capital cost (£)

D diffusion coefficient (m?s—1)

de hydraulic diameter (m)

dg electrode gap (m)

E cell voltage (V)

EO standard potential (V)

F Faraday’s constant (96,485 Cmol-1)

g electrode membrane gap (m)

i current density (Am~2)

ks kinetic rate constant (ms=1)

km mass-transport coefficient (ms—1)

L electrode height (m)

M molecular weight (kg mol—1)

N number of cells

Pmx maximum power consumption (W)

[P] concentration of species P (moldm—3)

[P]t total elemental concentration of species P
(moldm~=3)

Ap pressure drop (Pa)

Q energy (J)

r annual discount rate (%)

tp transference coefficient for species P (molecules
cation—1!)

t time (s)

At time step (s)

T temperature (K)

v electrolyte velocity (ms~1)

1% electrolyte volume (m3)

AV the change in electrolyte volume (m3)

w electrode width (m)

z number of electrons transferred in a reaction

Zp stoichiometric coefficients of species P

Greek symbols

o constant in power-law relationship

K conductivity (Sm~1)

v kinematic viscosity (m2s-1)

T energy efficiency

0 density (kgm~3)

o state-of-charge

W extent of reaction per pass (molm=3 pass—1)

w net present value factor

Subscripts

BOC bottom-of-charge value

Br value for the bromide electrolyte

ch charge value

del delivered value

dis discharge value

H,0 water value

m module (200 cells)

p pump value

S value for the sulphide electrolyte

T total

Dimensionless numbers

Re Reynolds number (vde /v)

Sc Schmidt number (v/D)

Sh Sherwood number (kyde/D)

multiple bipolar stacks [22]. The cell geometry, electrode materi-
als, electrolyte composition and operating temperature were fixed
on this basis. The study focuses on the optimisation of the current
density and the sensitivity of the economic performance to the elec-
trochemical system properties, in particular, the electrochemical
kinetics.

The details of the numerical model of the electrochemical per-
formance have been described in part 1 [19]. The design of the
‘XL’ electrochemical cell (used in the ‘XL200’ bipolar stack) has
been discussed in detail elsewhere [22]. It consisted of 0.67 m?2
activated carbon electrodes pressed into polymer frames, a cation-
selective membrane taken to have the properties of Nafion 117, a
turbulence-promoting mesh and manifolds containing spiral chan-
nels to reduce shunt currents.

Electrolytes were circulated through the cell and stored in sepa-
rate tanks, with the concentration of reactants and products in the
tanks gradually decreasing and increasing respectively during half-
cycles. Sodium ions migrated through the membrane to maintain
electroneutrality (hydrogen ions were not the main charge-carrier
due to their low concentration [23]). The properties of the elec-
trolytes and membrane, along with other key parameters, are
summarised in Table 1 [24]. The state-of-charge (o) of each elec-
trolyte is defined as

_ [Bry]
%8 = Bra] + (1/2)Br | W
gs = 15712 (1/4)S] 2)

[S*1+1S]

The model of the process [19] was calculated the variation with
time of cell voltage, current distribution, species concentrations
and electrolyte volume. A constant current was applied and the cell
voltage variation was calculated over each half-cycle. The numeri-
cal errors in voltage, efficiency, power density and energy density
were limited to 104, provided suitable numerical parameters were
used [24]. For the conditions studied, a time step At of 20 min was
suitable and the electrode was divided into 30 segments in order to
calculate the current distribution. This was sufficient provided the
extent of reaction per pass v did not exceed 0.39 M pass~! for the
bromide ions. The extent of reaction per pass can be calculated as
V= Z7P FZ‘L\

C
where zp/z is the ratio of the stoichiometric coefficients of the reac-
tant species and the electrons transferred, i is the current density,
v is the average electrolyte velocity, A is the electrode area and Ac
is the flow cross-sectional area. The model included the effects of
electro-osmosis of water and self-discharge due to sulphide dif-
fusion across the membrane. Key assumptions were plug flow,
constant voltage along the electrode, constant conditions across
the width and depth of the module, and 100% current efficiency. In
bipolar stacks shunt currents can cause a loss of current efficiency
of up to 4% in some systems [25]. However, in this study the shunt
currents are assumed to be negligible due to the use of spiral mani-
folds which increase the electrical resistance between each cell and
the manifold.

(3)

2.1. Electrolyte volume variation due to cross-membrane water
transport

The model included the electrolyte volume variation during
half-cycles due to water transport across the membrane accom-
panying the sodium ions. The bromide system decreased in volume
on charge while the sulphide system increased, and vice versa. A
reference volume, the volume of each electrolyte encountered at
bottom-of-charge, Vpoc, was used. It was assumed that equal vol-
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Table 1
Bipolar stack (XL200) and PSB electrolyte properties [24].
System properties Symbol Value
Electrode area A (m?) 0.67
Electrode height L (m) 1.08
Electrode width W (m) 0.668
Hydraulic electrode diameter de (mm) 1.9
Half-cell cross-sectional area Ac (m?) 6.35x 104
Cycle length Ten (h) 8
Number of cells N (cells) 200 cells per module
Operating temperature T(K) 308
Water transference coefficient t,0 10 moles of water per mole Na* ions transferred
Half-cell properties Bromide Sulphide
Standard redox potential E0 (V) +1.09 -0.48
Electrons transferred VA 2 2
Kinetic rate constant ks (x10-8ms™1) 40 3
Total elemental concentrations at Vgoc [P]r (M) 4.5 4.8
Minimum state-of-charge OBOC 0.1 0.069
Maximum state-of-charge oT0C 0.498 0.302
Mass-transport correlation - Sh=0.081Re%895¢0-33 Sh=0.099Re?695¢0-33
Mass transport correlation validity range 20<Re<120 20<Re <150

Pressure-drop relationship -

-0.4 -0.4
Ap _ de Ap _ de
27 —85,000( ") " + 55,000 27 —85,000( ") " + 35,000

Species properties Bromine Bromide Sulphur Sulphide
Stoichiometric coefficient zp 1 2 1 1
Concentration at ogoc [Plgoc (M) 0.225 4.05 3.575 1.225
Diffusion coefficient D(x100m2s-1) 20 12 5 6
Schmidt number Sc 385 640 2360 1970
Electrolyte properties Bromide Sulphide Membrane
Electrode membrane gap g (mm) 0.95 0.95 0.2
Conductivity Kk (Sm-1) 23 29 1
Kinematic viscosity v(x105m?s1) 0.77 1.18 -
Electrolyte density p(gl™) 1300 1300 -

umes of each electrolyte were used, although in practice a smaller
volume could be considered for the sulphide system due to its high
solubility [26].

The change in electrolyte volume AV (m?3) occurring after charg-
ing for time At at constant current density i was found from a mass
balance:

_ szoMHzoNAi

AV
Pu,0F

At (4)

where ty, o is the transference coefficient for water, My, 0 and pn,0
are the molecular weight and density of water, and N is the num-
ber of electrochemical cells. The transference coefficient of water
ty,0 in Nafion 117 membranes at 25 °C where sodium ions are the
charge-carrier is 10 molecules of water per sodium ion transferred
[24].

The species concentrations were found from the state-of-charge,
the corresponding bromide and sulphide volume Vg; and Vs found
using Eq. (4), Vpoc, and [Brlrgoc and [S]tgoc (the total elemental
concentrations of bromide and sulphide at bottom-of-charge) as
follows:

[Braly,, = %%UBr[Br]T,BOC (5)
[Br vy, = ~225(1 — o)[Br,oc (6)
1Sl = 5 225(1 - 05)ISkpoc (7)
5% Ius = 5 -25(1 +403)[Skpoc (8)

2.2. Energy storage plant specifications

The energy storage plant specification was based on the first
utility-scale PSB storage plant constructed by Regenesys Ltd. [1]
(although for commercial reasons the plant was never commis-
sioned). The plant was constructed using XL200 modules, which
consisted of 200 XL cells assembled to form a bipolar stack. These
modules were rated at 120 kW assuming a current of 400A and a
cell voltage of 1.5 V. The plant was specified to give a power output
of 15 MW and an energy storage capacity of 1220 MWh (correspond-
ing to an 8 h discharge). NaBr and Na,S4 g electrolytes were used in
the sulphide and bromide tanks respectively, with [Brlrgoc=4.5M
and [S]rpoc =4.8 M. The electrolyte volume was adjusted in order to
deliver 120 MWh of capacity. With these electrolyte compositions:

75 1

0s = mUBr + 96 (9)

In terms of lifetime, the limiting component was expected to be
the membrane, which typically lasts 15 years in the harsher chlor-
alkali industry [1]. The plant life was therefore assumed to be 15
years, with around 250 cycles of utilisation per year. While the
model was capable of modelling self-discharge over a long series
of cycles [19,25], the effect of self-discharge was not included in
this study. In practice electrolyte conditioning would be required
to keep the system in balance. It was therefore assumed that con-
ditioning was carried out regularly, so that the same performance
could be expected on each cycle.

2.3. Energy storage plant variables
A key variable was the applied current density, which leads to

a trade off between overpotential losses (affecting operating cost)
and the number of modules required (affecting capital cost). The
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current density was thus optimised in order to minimise the total
cost. The current density used during charge and discharge was
assumed to be equal.

The electrochemical rate constants were varied in order to deter-
mine its effect on process performance and economics. Initially
rate constants of 40 x 1078 and 3 x 103 ms~! were used for the
bromine and sulphide half-couples respectively (based on data
reported in part 1 [19]). The rate constants were then increased
to determine whether the use of electrocatalyst could deliver
improved technical and economic performance.

When the rate constant was changed, the current density was
optimised in each case. Other plant parameters were also altered
in order to ensure that the plant met the specification (Section 2.2),
including the electrolyte velocity. The velocity was assumed to be
constant and equal on both sides of the membrane. In practice, iden-
tical pumps are likely to be used and the different properties of the
electrolytes and variations in geometries would lead to different
velocities, although the differences are likely to be relatively small.
The velocity was increased with current density in order to avoid
approaching mass-transport limits, and was adjusted to achieve a
maximum dimensionless current (the ratio of the applied current
density to the limiting current density [19]) of 0.9. This condition
invariably occurred for the bromide system at the end of discharge
due to the low bromine concentration.

In each case, the number of cells N required to deliver 120 MWh
(corresponding to a total energy delivered Qr of 432 GJ) over an 8 h
discharge was found. Assuming that all cells gave the same perfor-
mance, the number of cells required could be calculated from the
energy delivered by a single cell, Qqe. Accounting for the pump work
required during discharge (Qp gis) and assuming 5% transmission
losses [27], Qqe| is given by

Qgel = 0.95 <iAN /Eﬂlis dt - Qp,dis> (10)

The integral was calculated by numerically integrating the cell dis-
charge curve obtained from the numerical model [19,25]. Q 4is Was
found from the pressure drops and the length of the discharge
period tg;s (including a 10-min warm-up period):

taisAcv(Appr + A
Qp.is = disAcV(Appr Ps) (11)

Tp

The pressure drops Apg; and Aps (Pa) were found from the rela-
tionships given in Table 1 and a pump efficiency 7, of 35% was
assumed. The number of cells N was thus obtained from

Qr
N=
0.95 [iA [ Eqis dt — ((AchanTais)/Tpump)(Apar + Aps))|

N was rounded up to give an integer number of XL200 modules
(thus the energy delivered was close to, but not exactly, 120 MWh).
The system performance, including the pump work and transmis-
sion losses was assumed to be independent of the number of cells
used.

In order to determine the required electrolyte volume (Vggc), it
was necessary to consider the range of the state-of-charge. It is not
normal practice to fully charge or fully discharge the electrolytes
as losses increase close to mass-transport limiting conditions. In
addition, charged species (particularly bromine) are corrosive and
unstable. At high state-of-charge, the volume of the bromine elec-
trolyte decreases and the high concentration of bromine leads to a
risk of release of hazardous bromine gas. Hence, the system typi-
cally operates with a bromine state-of-charge og; between 0.1 and
0.5[25]. Thus the volume of electrolyte used depends on the change
in the state of charge Aowp; as follows:

Zbr,  2iANty
z [Brlgoc AogF

(12)

VBoc = (13)

wherez/zp;, = 2, te, is the length of the charging cycle and [Br|goc is
the total concentration of bromine atoms (in bromide and bromine)
at the bottom-of-charge (i.e. op;=0.1). In this study values of
tch=8h, Aog;=0.398 and [Brlgoc =4.5M were assumed. On this
basis the range of state-of-charge for the sulphide electrolyte can
be calculated to be Aos=0.233 [25]. This suggests that there may
be scope for using a smaller sulphide electrolyte volume or lower
concentrations in order to reduce electrolyte costs. At bottom-of-
charge, o5 goc was 0.069, giving a top-of-charge s toc of 0.302.

3. Commercial model

A commercial model of a redox flow battery plant was devel-
oped in order to predict the commercial performance as a function
of the technical performance predicted by the model. The goal of
this commercial modelling was to evaluate the sensitivity of the
plant economics to operating and system parameters such as cur-
rent density and electrochemical rate constants. While the overall
economic outcome is of interest, the commercial parameters are
subject to significant variation due to market conditions and local
factors.

3.1. Capital costs

Obtaining accurate data on the capital cost of process equip-
ment, particularly for a technology which has not been established
is extremely challenging. For this study, an approximate capital cost
has been estimated based on a ‘best-case’ scenario for the com-
mercial performance, assuming a mature RFB industry has been
established. The capital cost model was based on an existing model
of a PSB system that predicted a capital cost of £320kW-1 [25].
This model assumed 1995 UK prices, a production rate of 400 MW
per year of 200 kW-rated modules, mature production costs (rep-
resenting the middle of the growth phase of the product life cycle),
and modularisation and standardisation of plant designs. It was
assumed that increased costs due to inflation since 1995 would be
offset by savings associated with technological improvements. The
capital cost is divided into three elements: electrochemical cells
(including balance of plant), electrical equipment and electrolyte
and tanks [25].

3.1.1. Electrochemical cell costs: £41,000 for a 120 kW module

The cost of the electrochemical cells includes the material cost
(electrodes, membrane, turbulator, endplates, seals, connectors
etc.), manufacturing costs (extrusion, welding, assembly, labour
etc.), annual production costs (salaries, rent, services, maintenance
and depreciation), but not the capital cost of the manufacturing
plant. A scaling factor of 2.6 was been recommended for large-
scale electrochemical plant [27] to account for the installation
costs (piping, instrumentation, safety, labour and taxation). Piping,
instrumentation and labour costs were included in the balance of
plant cost, so a smaller scaling factor of 1.5 was used for the remain-
ing installation costs, giving an installed module cost of £37,500.

The balance of plant (pumps, heat exchangers, pipework, build-
ings, and instrumentation) has been estimated to cost £30 kW1,
or £3600 for a 120kW module [25]. Thus the module and bal-
ance of plant costs per module was estimated to be £41,000 per
XL200 module. For a plant using a large number of cells, it has
been proposed that economies of scale would reduce the balance
of plant and installation cost per cell [27]. A power-law relationship
between the installed cost and the number of cells was suggested,
with an exponent of 0.9. The total cost of the modules Gy, was
therefore calculated from the number of modules Ny, :

Cm = aNS;? (14)



D.P. Scamman et al. / Journal of Power Sources 189 (2009) 1231-1239

Assuming that for Ny, = 1, Gy, = £41,000, the constant « can be taken
to be £41,000.

3.1.2. Electrical plant: £60 kW1

The electrical plant including AC-DC power converters, trans-
formers, protection and control systems were assumed to be
£60kW~-1. The power requirement was taken as the power con-
sumed on charge Pnx (kW) as this was the highest demand the
plant encountered.

3.1.3. Electrolyte and tank costs: £350m—3

The cost of the electrolytes was estimated at £1.0 and £0.23 kg~
for solid NaBr and Na,S4 respectively [28]. These estimates used
market prices for high-volume orders and assumed the availability
of appropriately pure water on site. The polysulphide electrolyte
used in this study had the formula Na;S4g, so the polysulphide
cost was increased slightly to £0.25kg™! to allow for the addi-
tional zero-valent sulphur present. The relative molecular masses
of NaBrand Na,S, g are 103 and 199.6 g mol~! respectively, and with
bromide and polysulphide concentrations of 4.5 and 1.0 M, the elec-
trolyte costs were estimated as £460 and £50 m~3 respectively. As
the electrolyte volumes Vgoc were identical, an average electrolyte
cost of £250 m~3 was used. The costs of electrolyte processing to
remove by-products and topping-up with fresh electrolyte were not
included.

The electrolyte storage tank costs included installation, a PVDF
lining for the corrosive bromine electrolyte and a polypropylene lin-
ing for the sulphide electrolyte. The tanks had to be large enough
to cope with the variation in electrolyte volume during charging.
Allowing for a 40% margin a total tank cost of £100 m~3 was esti-
mated [28]. The electrolyte and tank half-couple volumetric costs
were combined into a total electrolyte cost of £350 m~3.

Hence, the total capital cost used in this model was found as the
sum of three components:

Ceap = £41, 000N%° + £60Pmx + £350(2Vpoc) (15)

These capital costs were represented in pkWh~! on the basis that
the plant delivered 120 MWh 250 times a year over the plant life-
time of 15 years.

1235
3.2. Operating costs

The critical operating cost was the cost of electrical energy
consumed in each cycle. Other costs (e.g. maintenance etc.) were
assumed to negligible and insensitive to the plant design. The elec-
trical energy consumed on each cycle included the delivered energy,
the losses associated with the inefficiency of the charge and dis-
charge processes (overpotentials and ohmic losses), transmission
losses and pump work. The delivered energy was fixed from the
design specification at 120 MWh. The energy losses in the charge
and discharge process was calculated from numerical integration
of the cell voltage profiles from the numerical model:

charge energy — discharge energy

= iAN [/Ech dtep —/Edis dtdis:|

Pumping losses were calculated using Eq. (11), transmission loss
was estimated to be 5% of the total delivered energy [i.e. 0.05NQge|,
where Qqg is obtained from Eq. (10)] and it was assumed that there
were no transmission losses on charge.

The cost of these losses was found using electricity prices. These
fluctuate daily and seasonally, and bidding under the New Elec-
tricity Trading Arrangement (NETA) can significantly affect prices.
Buy and sell prices were estimated from the daily variations in the
UK electricity market recorded on the third Wednesday (a typical
weekday) of the first month of each quarterin 2006 [29] as shown in
Fig. 1. The buy price was always greater than the sell price and each
day had atleast one peakin buy price, but the time of the peak varied
widely. Sell prices were invariably low overnight between 10 p.m.
and 6 a.m. Some seasonal variation was apparent with higher prices
in January and April than in July and October.

It was assumed here that the RFB plant was charged between
10 p.m. and 6 a.m. with energy sourced from a neighbouring power
plant at the sell price. The average sell prices for the data in Fig. 1
at this time was £23 MWh~! (2.3 pkWh~1) as shown in Table 2. It
was assumed that the operator sold the stored energy (120 MWh)
to the customer during the 8 daytime hours (6 a.m.-10 p.m.) at the
maximum buy price. The times at which the electricity was sold for

(16)

150 150
19 April 2006
| 18 January 2006 H 1 P
= = 100
= 100 <
= = |
I i W \ M
3 50 2 so— v
£ “"E\__/ \ o 7._,——;_,;/ \
i 5 .
0 0
0 4 8 12 16 20 24 0 4 8 12 16 20 24
Time (hr) Time (hr)
A3y * ' 150 T T
19 July 2006 118 October 2006
"= 100 A s
=
z | s
S z '
o 50 8 50
.Q 2
P T R
0 b 0 b
0 4 8 12 16 20 24 0 4 8 5 48 By o4
Time (hr) Time (hr)

Fig. 1. Recorded UK grid electricity buy and sell prices for the third Wednesday of the first month in each quarter of 2006 [28]: (a) buy price; (b) sell price.
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Table 2
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Average electricity buy and sell prices for the data in Fig. 1 and the time periods at which the electricity was bought and sold.

Average sell price (EMWh1) When stored Average buy price (EMWh1) When delivered
18 January 2006 26.6 10p.m.-6a.m. 67.1 7-10a.m., 4-9 p.m.
19 April 2006 31.1 10p.m.-6a.m. 67.7 9a.m.-1p.m., 4-6 p.m., 8-10 p.m.
19 July 2006 19.8 10p.m.-6a.m. 52.6 9a.m.-5p.m.
18 October 2006 15.0 10p.m.-6a.m. 42.2 6-10a.m., 5-9p.m.
Average 23.1 57.4
the data in Fig. 1 is shown in Table 2; the average best buy price 900
available was found to be £57 MWh~1 (5.7 pkWh~1). The buy and B —
sell prices fluctuate considerably and the prices used in this study “ g_
are guide values only. The cost of the energy used was calculated = 700 )
at a sell price Qf 2.3pkWh-1. This cost.per. cycle was multiplied. by —§ 600 3000 _2
250 cycles to give the annual cost. The lifetime cost was found using é s 7t 4
a net present value (NPV) factor w [24]: el 300 L+ T + =
# X |+ S
_1-(@+a/a+n) an BT T -
T In((1+1)/(1 +a)) 3 300 x >
. . . g X =
An annual inflation rate a and discount rate r of 2.5% and 10% were 2 200 = 1000 8
used respectively [1]. For a plant lifetime of 15 years w=9.25, and - AOX % oy x 4_;
the plant annual cost was multiplied by w to predict the lifetime an
operating cost. This cost was divided by the total energy delivered 0 T T T T w 0
0 200 400 600 800 1000 1200

(i.e. 120MWh cycle~! with 250 cycles per year over 15 years) to
give a cost in p kWh~! delivered.

3.3. Total cost and net profit

The total cost in pkWh~! of the plant was offset by the income
generated by selling the stored electrical energy at a peak rate of
5.7 pkWh~1. The total revenue was multiplied by the net present
value factor w. The cost model used is summarised in Table 3.
The cost model used was systematic, wide-ranging in scope and
based on figures expected for mature, high-volume technology and
industry best practice. However, its accuracy was limited by the
assumptions used, the simple scale factors and the variability of
the pricing data. The resulting commercial predictions should be
taken as indicative only.

4. Results and discussion
4.1. Optimisation of current density
The predicted effect of current density on the number of XL200

modules and half-couple electrolyte volume Vg required (for the
technical and commercial parameters given in Tables 1 and 3) is

Table 3
Commercial model parameters.

Overall design Required delivered energy 120 MWh per cycle at
15 MW
Charge/discharge period 8h

Frequency of charge cycles 250 cycles year—!

Plant lifetime 15 years

Installed module/BOP £41, 000NY;?
capital cost
Electrical plant cost

Electrolyte/tank cost

Capital cost

£60kW-1 on charge
£350m—3

Running costs and Pump efficiency, 7 35%

income Transmission losses 5% on discharge
Cost of electricity 2.3 pkWhr!
consumed
Value of electricity 5.7 pkWhr!
delivered

Net present value Inflation rate, a 2.5%

calculation Discount rate, r 10%

Net present value factor, .  9.25 years

Current density (A m'z)

Fig.2. Effectofcurrentdensity onthe number of modules (N)and electrolyte volume
(Vgoc) required to deliver 120 MWh: (x) N; (+) Vgoc (m3).

shown in Fig. 2. As expected, the number of modules required fell
as the current density increased. A least-squares fit to a power-law
relationship over the range of current density investigated showed
that the variation of the number of modules with current density
had an exponent of —0.80, i.e. the variation can be expressed as

N = qi~0-80 (18)

The relationship was not exactly inversely proportional as cell
losses increased with current density. This relationship ceased
to hold at high currents when the velocity increased and pump
work became significant. The electrolyte volume required increased
gradually with current density, increasing by 40% over the range
investigated. The power-law exponent for the electrolyte volume
with current density was 0.20, as expected [Eqs. (13) and (18)].
The variation in the electrolyte velocity required is shown in
Fig. 3. The exponent for the power-law variation of velocity with
current density was 1.11 for the range investigated. The strong
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Fig.3. Effectofcurrentdensity on calculated electrolyte velocity and pressure drops:
(x)v(ems™); () Apg (bar); () Aps (bar).
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Fig. 4. Effect of current density on the calculated Reynolds number and extent of
reaction per pass and: (+) ¥~ (Mpass~1); (0) Regr; (O) Res.

dependence of the pressure drop Ap on velocity led to a rapid
increase in pressure drop with current density, with a power-law
exponent of 2.1. The pressure drop in the bromide electrolyte was
greater than that in the sulphide electrolyte despite the lower
viscosity. This difference is due to the different pressure drop rela-
tionships shown in Table 1.

The extent of reaction per pass i was found to decrease slightly
with current density. This follows from Eq. (3), since v is deter-
mined from both i and v. As shown in Fig. 4, ¥ remained below
0.39M pass~! for bromide ions. Note that the extent of reaction for
bromine, sulphur and sulphide will be exactly half that of bromide
due to the stoichiometry and the assumption that the current effi-
ciency was 100%. The variation of Reynolds number with current
density is also shown in Fig. 4. In most cases the Reynolds number
was within the range specified for the mass-transport correlations
given in Table 1. However, at the highest and lowest current den-
sities there is some uncertainty in the mass transfer coefficients
used.

The variation in overall energy efficiency 7, energy density and
power density with current density is shown in Fig. 5. The energy
efficiency decreased from 83% to 39% over the range of current den-
sity investigated due to rising cell electrical losses and pumping
requirements. A least-squares fit to a power-law relationship gave
the exponent for the variation of efficiency with current density as
—0.30. The energy density, defined as the energy delivered on dis-
charge (i.e. 120 MWh) per unit volume of electrolyte, also decreased
as the current density increased. The power density, defined as the

0.9 140
St
x 5
038 S 120 2
0 X+ g
e + a=}
207 X £ 100 §
2 % + & ~ g
v + hid < 5
15 X ¢ + ‘B
= 06 > + 80 F =
5 x r s E
g‘n < %4 o~
g 05 60 B 2
= X B
Q < =
Tt x 5 %
g 04 ° 40 =
_— ]
a 0.3 ° 20 g
3 " E
0.2 r . T T T 0
0 200 400 600 800 1000 1200
. 2
Current density(A m™)

Fig. 5. Effect of current density on energy efficiency, power an energy density: (x)
7; (0) power density (mW cm~2); (+) energy density (M] m~3).
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Fig. 6. Effect of current density on plant component and net cost (pkW-1):
module/BOP cost; (W) electrical plant cost; (E3) electrolyte/tank cost; () delivered
electricity cost; (C1) cell inefficiency cost; () pumpwork cost; (W) transmission loss
cost.

discharge power (i.e. 15 MW) per unit area, increased as the current
density increased as expected.

The predicted contribution of the various cost components to
the total cost, and their variation with current density, is shown in
Fig. 6. The capital costs of the modules and balance of plant dom-
inated at low currents, but quickly tailed off. The inefficiency cost
rose throughout due to increasing overpotential and resistive losses,
and dominated at high current density. The electrical plant cost and
electrolyte/tank cost both rose steadily. The pumping cost was small
initially, but rose rapidly such that it became the highest cost com-
ponent at high current density. The transmission cost was constant,
and was a small fraction of the total cost.

Fig. 6 shows that a minimum in the total cost of the stored elec-
trical energy of 3.97 pkWh~1 was obtained at an optimum current
density of 500 Am~2. The overall efficiency at this current density
was found to be 64%. This optimum was relatively shallow such that
a range of current densities (300-700 Am~2) led to a similar cost.
The net profit of the plant was found by subtracting this net cost
from the income derived by selling the 120 MWh of electricity deliv-
ered at 5.7pkWh~!, summed over the lifetime of the plant using
the NPV factor. The net ‘profit’ is shown in Fig. 7, although this was
negative (indicating a loss) throughout the range of current density
investigated, with aminimum loss of 0.45 p kWh~1 ata current den-
sity of 500 Am~2, This equated to a net loss of £1.3 million over the
plant lifetime. This suggests that the proposed 15 MW/120 MWh
PSB plant would not be profitable if used solely for arbitrage.
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Fig. 7. Effect of current density on net profit.
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4.2. Effect of reaction kinetics

One method for improving the plant commercial performance
would be to improve the reaction kinetics. This would reduce the
overpotential losses, but could increase costs elsewhere e.g. the
module cost could rise if an expensive electrocatalyst were used.
However, in the Regenesys PSB system no catalyst was used and it
is possible that a relatively cheap catalyst such as nickel could sub-
stantially improve the kinetics of the bromide-polysulphide couple
without significantly increasing the electrode cost [7]. The effect of
improving the rate constant was investigated assuming there was
no impact on the commercial parameters.

The kinetic rate constants used above were 4 x 107 and
0.3x10"7ms~! for the bromide and sulphide systems respec-
tively. The effect increased rate constants of 5 x 107,10 x 10~7 and
100 x 10-7 ms~! for both half-couples was investigated. In each
case the current density was varied as before to determine the per-
formance at optimum conditions. It has been reported elsewhere
[25] that changing the rate constants had no effect on electrolyte
velocity. Increasing the rate constant slightly reduced the required
number of modules, the electrolyte volume and the energy stored
while slightly increasing the average cell voltage during discharge,
the energy efficiency, the power density and the energy density
due to the smaller overpotential losses. Commercially, the cost of
the modules and BOP and the cost of the pump work decreased
due to the smaller number of modules, the cell inefficiency cost
fell due to the decrease in overpotential losses, the electrolyte tank
cost fell due to the decrease in the electrolyte volume, and the elec-
trical plant cost fell due to the reduced power rating on charge.
These cost reductions were all relatively small, but combined to
have a significant cost reduction overall, as shown in Fig. 8. It
was found that increasing both rate constants from 4 x 10~7 and
0.3 x 10-7 m s~ for the bromide and sulphide systems respectively
to 100 x 10~7 ms~! for both half-couples increased the net profit
at the optimum current density from —0.45 to +0.15 pkWh~!. Thus
a relatively small improvement in rate constant was sufficient to
make the system economic for arbitrage. The improvement in profit
was largest at high current, where the reduction in losses had the
most effect. The optimum current density increased slightly, to
around 600 Am~2.

4.3. Sensitivity to economic parameters

There is significant uncertainty in the capital costs used in
this study. Capital costs could be reduced by technological break-

0.5
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Fig.8. Effectofrate constant and current density on net profit: (a) ksgr =4 x 107 and
kss=0.3x 10" ms~1; (b) kspr=kss=5x10""ms1; (c) kspr=kss=10x 10" ms~1;
(d) kspr =kss=100x 10-7 ms~'.
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Fig. 9. Effect of current density on net profit for a 20-30% reduction in cost param-
eters (module/BOP capital cost reduced from £41,000 to £30,000, electrolyte/tank
cost reduced from £300 to £250m—3, and electrical plant cost reduced from £60 to
£45kW-1),

throughs, improved manufacturing procedures and economies of
scale. It was found that, if costs were reduced by around 25% (capi-
tal costs of electrochemical cells reduced from £41,000 to £30,000
per 120kW module, electrolyte/tank cost reduced from £350 to
£250 m—3 and electrical plant cost reduced from £60 to £45 kW~1)
then the plant became economic for arbitrage (see Fig. 9). A slight
profit of +0.03 p kWh~! was obtained at an optimum current den-
sity of 400Am~2.

Similarly, it was found that the commercial performance was
sensitive to the price of electricity, and that a slight improvement
in the sell and buy price electricity from 2.3 and 5.7 pkWh~! to
2.0 and 6.0 pkWh~! respectively was sufficient to make the plant
profitable with a net profit of +0.02 pkWh~! at a current density of
500 Am~2.The sell price can be reduced by negotiating a favourable
contract with a nearby generator, and the buy price may rise in
the near future in the UK due to fuel shortages. The increased use
of renewable energy sources such as wind power is also likely to
increase the buy price during periods of peak demand and such
improvements are certainly feasible.

5. Conclusions

This study illustrates how technical parameters can be linked
to commercial performance for an electrochemical energy storage
system. The technical model can be used to identify the parame-
ters which limit performance and to identify how this performance
limitation is related to the commercial viability of the process. In
addition, with accurate commercial data the model can be used to
provide targets for technical improvements such as electrochemical
rate constants in order to develop a viable technology. The technical
model could be improved by accounting for factors such as shunt
currents in the bipolar stacks and the occurrence of side reactions
as mass transport limiting conditions are approached. Although
the commercial model used a fairly simplistic approach, the link
between technical and commercial performance (for example opti-
misation of current density) was readily achievable.

Increasing the current density was found to decrease the
required number of modules to deliver the design specification,
increase the electrolyte volume, increase the electrolyte velocity,
and decrease the cell efficiency. Based on the technical and com-
mercial parameters used, the system was found to be uneconomic
for the range of current densities investigated, with a maximum
net profit of —0.45pkWh-! at an optimum current density of
500Am~—2. It was found that an increase in the electrochemical
rate constants from4 x 107 and 0.3 x 10~ ms~! to 10> m s~ (for
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both electrolytes), without incurring a cost penalty, was sufficient
to make the plant economic for arbitrage applications. Addition-
ally, the plant could be made economic by reducing capital costs by
20-30% or an improved buy and sell price differential for electrical
energy. Although these results suggest that RFB systems may not be
economic in the current climate, it seems likely that such systems
will become increasingly profitable as investment in renewable
electricity generation accelerates.
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